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Development of the trilateral flash cycle system
Part 2: increasing power output with workmg fluld
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b

The trilateral flash cycle system is a proposed means of power recovery from single-phase low-grade heat sources. Its feasibility
depends on the efficient adiabatic expansion of light hydrocarbons from the saturated liquid phase into the two-phase region. Such a
process is performed most effectively with a Lysholm twin-screw expander when the exhausted vapour is wet. At higher temperatures,
when multi-stage expansion is required, workmg Sluids may be found which complete the process as dry saturated vapour. It is shown
that at condensing temperatures of 0-50 °C, this is possible with a mixture of'n-pentane and 2,2-dimethylpropane (neopentane) for fluid
inlet temperatures in the 150-180 °C range. A radial inflow turbine may then be used in place of a screw for the last stage. With such
an arrangement, expander adiabatic efficiencies of up to 85 per cent have been predicted for power outputs in excess of 5 MW. The
method of fluid property estimation is described and its accuracy confirmed by experiment.

NOTATION

Redlich—-Kwong equation constants
ideal gas heat capacity constants
fugacity

specific enthalpy

molar enthalpy

interaction parameter
temperature-dependent parameter in
Redlich-Kwong-Soave equation
number of components in mixture
pressure

ideal gas constant

specific entropy

molar entropy

fluid absolute temperature

molar volume

liquid phase mole fraction

vapour phase mole fraction
compressibility factor
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Greek letters

o function of reduced temperature and acen-
tric factor
expander efficiency
fugacity coefficient
acentric factor

> 52, Redlichb-Kwong equation of state con-
stants

e e

br reduced boiling point property, that is
boiling point property + corresponding
critical point property
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c critical point property

Correc correction term to standardize property
value at a specified temperature and phase

f saturated liquid property

i any individual constituent of fluid mixture

J specific constituent of fluid mixture

Mix contribution to property due to mixing

o property value at reference temperature

) usually set to 273.15K

r reduced property

Superscript

1 liquid phase

o ideal gas condition

v vapour phase

1 INTRODUCTION
1.1 TFC output as a function of source temperature

It has already been shown (1) that the trilateral flash
cycle (TFC) system has the potential to recover more

" power from a low-temperature single-phase heat source

than any simple Rankine cycle. The main reason for this
is the minimization of irreversibility in the heat transfer
between the source and the working fluid. The recover-
able heat therefore increases almost linearly with a rise
in resource temperature. The associated gain in power
output per unit resource mass flowrate is even greater
because the additional heat is transferred at a higher
temperature. It is therefore converted into work more
efficiently. Thus, as was demonstrated (1), the gross
output per unit mass flow increases by a factor of nearly
3 when the resource temperature is raised from 100 to
150°C while the net output goes up by a factor of
approximately 3.3.
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1.2 Criteria for turbines as TFC expanders
1.2.1 The basic requirement

As shown in Fig. 1, increases in resource temperature
are associated with greater expander inlet temperatures
which, in turn, lead to drier vapour at the expander exit
and larger specific enthalpy drops in the expansion
process. The bigger enthalpy drop permits higher
expander fluid exit velocities without loss in adiabatic
efficiency. Greater power output, drier vapour and
higher exit velocities all improve the case for the expan-
der to be a turbine. This would be more compact than a
positive displacement machine. As the liquid tem-
perature at the expander inlet approaches its critical
point value, its adiabatic expansion may lead to dry or
even superheated vapour at the expander exit if the
saturated vapour line has a sufficiently positive gra-
dient.

If the exhausted vapour is superheated, it may be
cooled either in the condenser or by counterflow heat
exchange with the cold condensate after pressurization.
Desuperheating, however achieved, must lead to an
increase in the system size and cost due to the poor
heat-transfer properties of dry vapours. The optimum
condition of the fluid leaving the expander should there-
fore be dry saturated vapour. Accordingly, this is the
most favourable case to consider for a turbine as the
expander.

1.3 Predicted two-phase expander performance
with turbines

1.3.1 Axial ﬂow tufl;fnes

Two-phase axial flow turbines using either water or
organic fluids were investigated extensively by Elliott (2)
who included the study of both wholly wet vapour
expansion and the fluid exhausting as dry vapour. The
use of a turbine for expansion right across the satura-
tion envelope was also the subject of a patent by Amend
and Toner (3). Elliott’s findings showed multi-stage tur-
bines to be far too inefficient, even when exhausting dry
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vapour. He therefore studied in more detail the case of
the entire expansion from liquid to dry vapour taking
place in a single nozzle row. This gave the best results.
It was also the assumption of Amend and Toner. The
power was then to be recovered in a single impulse
stage using velocity compounding, if required. Adiabatic
efficiencies of only 65-70 per cent were predicted for
single-stage large axial flow turbines of this type, even
when exhausting dry vapour. This was due to the rela-
tively high losses associated with the Curtis stage which
was normally found to be necessary.

1.3.2 Radial inflow turbines

Radial inflow turbines have been proposed and used as
two-phase expanders with limited success (1, 4). With
these, estimates for adiabatic efficiencies did not exceed
67 per cent when the fluid remained as a two-phase
mixture throughout the expansion process. However,
when the expansion took place in two or more stages, in
reply to the authors’ enquiry, one manufacturer (5)
specified an adiabatic efficiency of 85 per cent for a 6
MW final-stage expanding wet pentane to the dry
vapour condition. This value decreased as the wetness
of the fluid at entry, and hence the expansion ratio, was
increased. Thus a radial inflow turbine is a definite
possibility but requires more than one stage to achieve
a high efficiency. ‘

- 1.3.3 The compound expander

Based on the authors’ experimental findings that.screw
expanders are capable of adiabatic efficiencies of greater
than 70 per cent, even when admitting saturated or
slightly sub-cooled liquid and expelling wet vapour, a
possibly preferable. arrangement for. multi-megawatt
systems is to begin the:two-phase expansion:in one or,
possibly, two screw expander stages in series and then
complete the expansion to dry vapour in.a final single-
stage radial inflow turbine, as shown in Fig. 2. An addi-
tional advantage of this proposal is that the need to
develop very large screw expanders is thereby avoided.

Fig. 1 Expansion into the two-phase region. Depending on the slope of the
saturated vapour line, the working fluid may leave the expander as
dry or even superheated vapour. However, as the expander inlet tem-
perature approaches the fluid critical value, irreversibility in the heat
transfer between the heating source and the working fluid increases
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Fig. 2 The compound expander for expansion to dry vapour. Two-screw

stages in series expand the fluid in the two-phase region followed by
expansion to dry vapour in a single radial inflow turbine stage

1.34 Design study results

A detailed design study was carried out for the UK
Department of Energy on a TFC system for the
recovery of power from a hot dry rock (HDR) resource
in South-West England (6). It was assumed that the
heat source would be hot water at 200 °C flowing at the
rate of 75 kg/s and that heat would be rejected to water
flowing through a forced draught cooling tower system
to enter the condensers-at an annual mean temperature
of 19°C. It was found that for these external conditions
the best results would be obtained heating liquid
pentane to approximately 182°C and expanding it to
dry vapour at:about 30°C, at which temperature it
would condense. A variety of systems were considered
to perform this expansion. The assumptions made for
radial turbine performance were as supplied by the
manufacturers. For the axial turbine, the most favour-
able predictions of Elliott (2) were assumed. For the
screw expanders, predictions were made by Professor
Nikola Stosic from computer simulations which he had
prepared. These showed general agreement with the
authors’ small-scale test results and will be described in
more detail in Part 3. They also showed fair agreement
with the total flow experiments of Steidel et al. (7) using
water and the experiments of Taniguchi et al. (8) using
refrigerant 12. The results are summarized in Table 1.
Clearly there are considerable advantages to the com-
pound expander which was taken as the preferred con-
figuration. Hence a programme was undertaken to
extend its scope by finding suitable fluids to expand

Table 1 Summary of results

Average power output
Net adiabatic Average power output

Expander efficiency kW

configuration % Gross Net
Single-screw stage 50 5300 3210
Axial flow turbine 70 7420 5330
Two radial turbine stages 76 8100 6010
Two-screw stages 78 8280 6190
Single-screw stage 81 8550 6460

plus radial turbine

Two-screw stages 85 8980 6890
plus radial turbine .
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from saturated liquid to dry vapour from lower expan-
der inlet temperatures.

1.4 Criteria for TFC working fluids exhausting
as dry vapour

As has already been shown (1), light hydrocarbons have
the favourable characteristics of relatively high specific
enthalpy drops, low liquid density and good thermal
stability. Further considerations restrict the choice if the
working fluid is to exhaust from the expander as dry
vapour. These are as follows. '

1.4.1 Size of molecule -

:As may be seen from Fig. 1,a prime requirement for a

dry vapour exhaust is that the slope of the saturated
vapour line should be strongly positive. It has already
been shown (9) that this is largely dependent on the
number of atoms in the molecule. Although positive
slopes are attainable with halogenated ethanes, which
have only eight atoms in a molecule, in pure hydrocar-
bons the number required is greater. Thus isobutane,
with 14 atoms, has a saturated vapour line that is nearly
isentropic. After some investigation, it was concluded
that, for a pure hydrocarbon, a molecule with a
minimum of 17 atoms is required.

1.4.2 Proximity to the critical point

The expander inlet temperature required should not be
too close to the critical point. As is shown in Fig. 1,
close temperature matching is thus achieved between
the working fluid and the heat source throughout the
primary heat exchanger. Also, excessive pressures are
thereby avoided because the saturated vapour pressure
rises very rapidly in the near critical region.

L5 Organic fluid mixtures as working fluids

For a given condensing temperature, dry exhaust
vapours are attainable with relatively few fluids, each at
only one expander inlet temperature. However, if suit-
able organic fluids are combined in varying proportions
as binary mixtures, the inlet temperatures possible can
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Fig. 3 Condensation of a zeotropic mixture at constant pressure. Unlike
pure fluids, the dew and bubble points are not at the same tem-
perature. If the difference is large the cycle efficiency will be decreased
because condensation will begin at a higher temperature

be extended to cover a rangé of values. Their choice as
TFC working fluids must then meet the following addi-
tional criteria.

1.5.1 Bubble and dew points

As shown in Fig. 3, the difference between bubble and
dew temperatuires should be small in order to keep con-
densation nearly isothermal. If this is not the case, the
recoverable power from adiabatic expansion will be
greatly reduced. This temperature difference is mini-
mized when each component of the mixture has the
same number of atoms per molecule.

1.5.2 Mixture homogeneity

The two components should form a homogeneous
mixture in all proportions if the thermodynamic and
transport properties of the mixture are to be indepen-
dent of solubility.

1.6 Further working fluid requirements

In addition to the criteria specific to the need for the
working fluid to leave the expander as dry vapour
either as a pure fluid or a binary mixture, the following
factors should be considered in fluid selection.

1.6.1 Expansion pressure drop

This should be a minimum in order to reduce bypass
leakage in the expander, especially in the screw stages.

1.6.2 Expander exit pressure

Power plant condensing temperatures are normally in
the range of 25-50°C. At these temperatures, the con-
densing pressure should preferably be greater than 1
atmosphere. The fluid density will then be relatively
high and hence the expander will be compact. In addi-
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tion, inward leakage of air into the condenser will
thereby be minimized.

It may be noted that sub-sections 1.6.1 and 1.6.2 are
to some extent mutually incompatible, given the
required expander inlet and exit temperatures. The
required temperature ratio is thereby fixed, and this is
more related to pressure ratio than pressure difference.
Hence, a fluid with a high exit pressure is usually associ-
ated with a large pressure difference in the expander.

2 THE ESTIMATION OF WORKING
FLUID PROPERTIES

As already -explained (1), repetitive cycle analyses are
required for optimum system design. A software
package suitable for the estimation of the local ther-
modynamic properties of both pure fluids and their
mixtures is an essential aid for this if the requirements
for a dry vapour exhaust are to be determined.

2.1 Pure fluid property estimation

Initial cycle analyses and investigation of working fluid
viability was carried out on pure fluids using the
THERPROP data bank and sub-routine package devel-
oped at City University (10). In it, the thermodynamic
properties of non-polar and weakly polar fluids are esti-
mated using the Lee-Kesler vapour pressure equation
and equation of state. Some details of the method of
solution used are given in reference (11). Polar fluid
properties were estimated using the Martin-Hou
vapour equation with suitable liquid phase correlations
together with the Cox—~Antoine vapour equation.

Both of these methods are highly accurate and
revealed maximum differences of the order of +1 per
cent in locally computed property values when com-
pared with independent calculations carried out by
other investigators using alternative procedures such as
the Starling version (12, 13) of the Benedict-Webb-
Rubin (BWR) equation (14-16).
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2.2 Mixture property estimation

Initially, it was proposed to extend the Lee—Kesler
equations of state to include fluid mixtures, as was pro-
posed by the original authors (17) and further developed
by Plocker et al. (18). However, their implementation,
_especially to obtain dew and bubble points, is very
complex. A simpler procedure was therefore sought
which would be valid for a wide range of fluids. An
extensive survey of methods for the estimation of
mixture thermodynamic properties was therefore
carried out and Soave’s modification (19) of the
Redlich-Kwong cubic equation of state (20) was chosen
as best for this purpose. It is used extensively by chemi-
cal engineers for the estimation of both vapour-liquid
equilibria and thermodynamic properties and is valid
for a wide range of non-polar fluids. With certain reser-
vations, it can also be extended to several slightly polar
and a few polar fluids.

Details of this equation, together with the additional
relationships required for mixtures, are given in Appen-
dix 1 and an outline of the computational techniqies
used to solve them is described in Appendix 2.

3 WORKING FLUID SELECTION
3.1 Scope of search

To find suitable working fluids, several classes of
organic compounds, including alkanes, cyclic hydrocar-
bons, alcohols, amines, ketones, aldehydes, alkynes,
alkenes, halocarbons and organometallic compounds
were first considered. A short list of 36 fluids was drawn
up from them for each of which temperature-entropy
diagrams were prepared.

The common halocarbons were all rejected due to
their high molecular weight, although refrigerant 216
has approximately the correct T—s diagram shape.
None of the alkenes, aldehydes, alkynes, alcohols and
ketones had satisfactory T—s diagram shapes. Similar
findings precluded the cyclic hydrocarbons examined,
including cyclobutane, cyclopropane and cyclopentane.
The amines are thermally stable but none could be
found with a suitably shaped T—-s diagram.

The alkanes are the simplest organic compounds and
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Fig. 4 Temperature-entropy diagram for n-pentane
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Fig. 5 Temperature-entropy diagram for 2,2-dimethyl-
propane (neopentane) '

from pentane upwards they have a strong positive
slope. As can be inferred from Fig. 4, expansion of
liquid pentane leads to dryout from starting tem-
peratures slightly above 180°C. It was noted that mol-
ecules containing over 20 atoms had critical
temperatures above 250°C which was too high for
dryout to be attained from temperatures significantly
lower than those for pentane. The search was therefore
concentrated on isomers of butane and pentane. 2,2-
Dimethylpropane (heopentane) was. found to have the
most suitably shaped saturation curve. This is shown in
Fig. 5. R -

A series of organometallic compounds was also iden-
tified with suitable thermodynamic properties based on
the substitution of the central atom of the neopentane
molecule with any element of group IV of the periodic
table. These comprise tetramethylsilane and tetramethyl
lead, tin and germanium. However, they were discarded
on either toxicity or cost considerations.

3.2 Final choice

Closer attention was therefore given to n-pentane and
neopentane. The inlet temperature required to obtain
dry exit vapour for a range of condensing temperatures
for both these fluids is shown in Fig. 6. As may be seen
this is hardly affected by the expander adiabatic effi-
ciency. It was concluded that a mixture of these two
components would satisfy most of the desirable working
fluid requirements for an expander inlet temperature
range of 150-180°C. This is confirmed by three sample
T-s diagrams for mixtures of different composition in
Fig. 7. These expander inlet temperatures correspond to
an optimum match with liquid heat resources initially
at 170-200 °C. No suitable fluids were found that would
enable the dry vapour phase to be attained by adiabatic
expansion from lower initial temperatures.

4 EXPERIMENTAL CONFIRMATION

As a check on the reliability of the Redlich—-Kwong-
Soave equation for estimating the properties of mixtures
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Fig. 6 Expander inlet temperatures required to exhaust as
dry vapour as a function of condensing temperature.
Note the lack: of sensitivity to expander efficiency

of n-pentane and neopentane, a series of dew and
bubble point measurements were made with an isother-
mal static apparatus which had been built and devel-
oped - at the Department of Chemistry, University
College, London.

Samples of n-pentane of 0.9995 purity and neopen-
tane of 0.991 purity were used. The n-pentane was used
without further purification. The neopentane was
further purified by means of 5A molecular sieves. Test

200
180
160

200
180

Expander inlet
temperature 157 °C

140 140
gl 120 g 120
§|© 100 g_ & 100
g :
[2 80 Expander adiabatic [2‘ 80

efficiency 80%

Isobar Dew point

35°C

Bubble
point 30.8°C

Expander inlet
temperature 164.8°C

Expander adiabatic
efficiency 80%

samples of both the n-pentane and the neopentane were
degassed by freezing with liquid nitrogen and pumping
off the non-condensables. This process was repeated six
times.

Initially the accuracy of the apparatus was checked
by measuring the vapour pressures of pure n-pentane
and neopentane separately and comparing these mea-
surements with those of other investigators and with
predictions from vapour pressure equations. The agree-
ment was very good, with average differences of less
than +1 per cent. A fuller account of the whole experi-
mental procedure is given in reference (21).

A series of bubble and dew pressure measurements
was then made for five mixture compositions at six tem-
peratures starting at 60 °C, with 20 °C increments up to
160 °C for each composition. These were each compared
with corresponding values predicted with the Redlich—
Kwong-Soave equation of state and the results are
given in Fig. 8. The average difference between predict-
ed and measured values was 2.1 per cent for bubble
pressures and 2.7 per cent for dew pressures. This is
within the general level of accuracy considered to be
acceptable for mixture property prediction methods.
The method of analysis used is therefore justified.
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'APPENDIX 1
Thermodynamic relationships
(a) The Redlich—-Kwong—Soave equation of state

The Redlich—-Kwong-Soave (RKS) equation of state can
be written as

RT  aT) M
Vb V(V +b)
Substituting:
ZRT _ - =
y =V AppE RT

equation (1) can be rewritten in terms of the compress-
ibility factor Z as

Z3—2>4+(A—B—-B)Z—-AB=0

An advantage of a cubic equation of state of this type is
that its roots can all be derived algebraically and hence,
given p and T, V can be obtained without the need for
numerical iteration procedures.

In the case of a mixture of fluids, for each component
i at its critical point the intermolecular parameter a and
the co-volume b are expressed as follows:

T2 Q,RT
o) =28Te g bmy = 2RTs
Ci Ci
where the values of the constants 2, and Q, are given as
1 213 1
. — Q="""
Q, 50 — 1) and b 3

Soave noted that a successful correlation of phase equi-
libria of mixtures implied the correlation of the vapour
pressures of pure substances. He defined a dimension-
less function «(T;) as follows:

aT)
oT)
For non-polar and slightly polar fluids, this*function
can be expressed in a linear form as

Je=1+mi-T)

where m is a function of the acentric factor w.

This function was originally defined by Soave (19) but
later correlated more accurately by Graboski and
Daubert (22) as

m = 048508 + 1.5517 1w, —

. where

oT) = (T)—»>1asT-T,

0.1561 3w?

© IMechE 1994




[image: image9.png]DEVELOPMENT OF THE TRILATERAL FLASH CYCLE SYSTEM. PART 2 143

The acentric factor was originally defined by Pitzer and
co-workers (23-25). The more recent definition of Lee
and Kesler (12) has wide usage and is given as
Inpy, — 592714 + (6.0964 8/T,,)
+ 1.28862 In T, — 0.169347T¢,
152518 — (15.6875/T,,)
— 134721 In T, + 0.43577T¢,
Soave’s method includes classical mixing rules for the
determination of vapour-liquid equilibrium parameters

when mixtures are non-polar and weakly polar. These
contain an adjustable binary interaction parameter (k;):

n n
=Y 2 Xy Xj Qi

w=

i=1 j=1
where
Qi = \/ (a a)l — k)
b = z X b[
i=1

(b) Vapour-liquid equilibrium calculation
Vapour-liquid equilibrium implies the equality of fuga-
cities. Hence

f il = ;'(l =1,

The fugacities are normally replaced by the fugacity
coefficient since it is more directly related to the mea-
surable properties of pressure, temperature and mole
fraction. Equation (2) then becomes

®}(T, p, x)x; = 9T, p, y)y; 3

Fugacity coefficients are derived analytically and for
Soave’s equation of state can be expressed as follows:

..., h components) ‘ 2

ln¢,=%(z—1)—ln(z—B)

+3 (b‘ =y yja,,) In (1 + B)

() Thermodynamic property estimation
The equations used for evaluating thermodynamic
properties were as follows.
Enthalpy
H=H°-AH + HCorrec (4)

The first term on the right-hand side of equation (4) is
obtained from the ideal gas heat capacities of the pure
components. These are a function of temperature and
are normally expressed in a polynomial form as

Co=A4+BT +CT?>+DT? +
where
A=zi:x,A,, B=Zi:xiB,, etc.
so that
T .
H® = J;o Gy dT 5
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Substltutmg for the ideal gas heat capaclty, equation (5)
becomes

= AT-T)+3 (T~ T)

D

PSP -T)+ (T~ Th

The values for 4, B, C and D were obtained from the
THERPROP databank.

The enthalpy departure function, AH, for the RKS
equation is given (26) as

AH = RT{(I—z)+ (1 +D) in <1+§)}

where
D= Z Z yiyymfl — ku)\/ (a;0) \/ (a;Tr))
Heorrec sets a common base value (h = 100 kJ/kg at
0°0C).
Entropy
§=8~AS+ Scorrec T Swmix
- where

S°=A1n<%)+B(T—7;)

+E@-TH+ 2@ - T

+RIn (£>
' Do

AS is the entropy departure function, corrected from the
given value (26) as

AD B
AS=—Rln(z-—B)+B—aln<l+';>

Smix» the entropy of mixing, is given by
Smix = — Ry, In y,

and Sc,.rec S€ts a common base value (s; = 1.0 kJ/kg at
0°C).

APPENDIX 2
Computational techniques

Equations of state can be represented graphically on
pressure-volume coordinates as a family of isotherms,
as shown in Fig. 9. In the case of fluid mixtures, unlike
pure fluids, dew and bubble temperatures at the same
vapour pressure are not normally equal. The mode of
estimation of saturation conditions may be shown most
simply when the temperature is given and the corre-
sponding pressure is required. The equation is then

- reduced to the case of a single isotherm. A cubic equa-

tion, such as the RKS equation, yields three roots in the
two-phase region. The largest of these corresponds to
the vapour phase volume, the smallest to that of the
liquid phase, while the intermediate root, which is
located on a positive gradient, has no physical signifi-
cance. The pressure is iterated until equal fugacity
values are obtained from the roots corresponding to
liquid and vapour.

Proc Instn Mech Engrs Vol 208




[image: image10.png]144 I K SMITH AND R PITANGA MARQUES DA SILVA

Liquid region
Critical point

Saturation envelope

Intermediate roots

Isotherms
Vapour region

| ) N ,
Vol pahof true two-phase\
. /Nsothermal volume change Spinodal curve
I Path of equation of state
Volume

Fig. 9 Pressure—volume diagram for a fluid in the two-phase
region with isotherms derived from a cubic equation
of state. The spinodal curve describes the loci of the
maxima and minima of the equation of state between
the saturated liquid and vapour boundaries

During the process of iteration, it is possible that
values of pressure may be derived for which only one
real root exists, as in the pure liquid and dry vapour
regions shown in Fig. 9. In such cases, in order to
enable the solution to continue until the required two
roots are attained, the method of solution must contain
procedures:

(a) to determine whether the single root is a liquid or
vapour value;

(b) to assign a hypothetical real root to the other phase
for the fugacity comparison.
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Various techniques have been used for this purpose (27—
29). The following method was used in this investiga-
tion.

The locus of the maxima and minima of all the sub-
critical isotherms was obtained. This is shown in Fig. 9.
For all cubic equations of state it is known as the van
der Waals spinodal curve and for the RKS equation it
has the form

4 __9 \ys3 2, 3ab 2__“_”1__
V+2(b RT)V +(b +RT)V =0

The roots of this were established for the isotherm
under consideration. These are fixed in bubble and dew
pressure calculations but vary with each iteration in
bubble and dew temperature estimation procedures.
The van der Waals spinodal is a fourth-order poly-
nomial in volume. Hence it has four roots. Imaginary
and negative roots, which have no thermodynamic sig-
nificance, were discarded. Since the repulsive term in
any cubic equation leads to a singularity at V =b it
was found that only roots greater than co-volume b
could be used. The single root of the RKS equation was
then compared with the remaining spinodal roots. If it
was larger than the biggest spinodal root it was
assumed to be a vapour root. The smallest spinodal
root was taken as the liquid root. If the RKS root was
smaller than the smallest spinodal root it was assumed
to be a liquid root and the largest spinodal root was
taken as the vapour value.

Other problems include the selection of suitable start-
ing values for the iterative procedure. At low pressures
the assumption of Raoult’s law was sufficient for a first
estimate but at higher pressures this did not lead to
convergence. A variety of checks and modifications
therefore had to be applied to the starting value before
iteration began, in order to obtain equal fugacities. The
method of iteration then used was the Newton—
Raphson procedure. :
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